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a  b  s  t  r  a  c  t

Hydrogen  is  considered  today  as a promising  fuel  of  the  future  in  order  to  address  the existing  envi-
ronmental  concerns  associated  with  the  use  of  fossil  fuels.  Hydrogen  PEM  fuel  cells  are  an  important
enabling  technology  for this  purpose,  but  their  operating  temperature  is  typically  low  and,  as  a  result,
common  impurities  found  in conventional  hydrogen  production  like CO,  can adsorb  on  and  poison  the
catalysts  utilized.  Therefore,  high-purity  hydrogen  is  required  for  the  operation  of  such systems.  In this
study  a realistic  size,  ultra-permeable  Pd  membrane  is used  for pure  hydrogen  production  from  a  feed
with a simulated  reformate  composition  through  the  water  gas  shift  (WGS)  reaction.  Prior  to  its  use  in  the
embrane reactor (MR)
alladium (Pd) membrane
ater–gas shift reaction (WGS)

uel cell

reactor  experiments,  the  membrane  is characterized  through  single-gas  permeation  measurements.  The
effect  of  feed  pressure  and  flow  rate  and  sweep  ratio  on  membrane  performance  during  the  WGS  experi-
ments  is  experimentally  studied,  and the  results  are  compared  with  those  of  a mathematical  model.  The
model is further  used  to study  the  design  aspects  of the  process.  It is  shown  that  the  Pd  membrane  reactor
system  under  study  is  capable  of attaining  almost  complete  CO  conversion  and  full  hydrogen  recovery  at
realistic  experimental  conditions  akin  to those  utilized  in industrial  applications.
. Introduction

Fuel cells are widely considered as a clean and energy-efficient
echnology that shows promise as a future potential replacement
or the internal-combustion (IC) engines in vehicles, IC engines and
as turbines in stationary power generation, and for batteries in
ortable power applications [1].  Proton-exchange membrane (also
nown as polymer electrolyte membrane or PEM) fuel cells are par-
icularly promising as they are compact and lightweight units that
ork at comparatively lower temperatures and pressures, which
akes them good candidates for use in mobile and small-scale dis-

ributed stationary power generation applications. PEM fuel cells
ake use of a thin, permeable polymeric membrane as the elec-

rolyte, and platinum (Pt) electrodes are used on either side of the
embrane in order to catalyze the reactions. Hydrogen is typically

tilized as the fuel and is fed to the anode, where it catalytically
plits into protons (which transport through the membrane to the
athode) and electrons that travel along an external load circuit to

he cathode, thus producing electricity. Oxygen (as air) is simul-
aneously supplied to the cathode, where it combines with the
ydrogen ions to produce water [2].

∗ Corresponding author. Tel.: +1 213 740 2069; fax: +1 213 740 8053.
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The hydrogen, that PEM fuel cells need to operate, can be
produced from different renewable (e.g., water, biomass) and non-
renewable (e.g., fossil fuels) feed-stocks through various processes
[3,4]. Due to its higher efficiency, currently steam methane reform-
ing (SMR) is the primary industrial process that is used for H2
production. In SMR, steam reacts with methane at high temper-
atures and pressures in the presence of a catalyst to produce
hydrogen according to the following reaction:

CH4 + H2O → CO + 3H2 (1)

CO that is simultaneously produced as an undesirable by-
product of SMR  is known to be particularly detrimental for PEM
fuel cell operation. Even when present at trace concentrations in
the H2 stream, CO is reported to degrade PEM fuel cell performance
as it severely poisons the electro-active Pt surface in the anode,
thus preventing H2 oxidation. The tolerance of PEM fuel cells to
CO depends on the material used for preparing the anode, with
most studies reporting an acceptable level of 10 ppm or less. Sub-
stantially higher tolerances have been reported as well. Pt–Ni/C,
for example, is reported to be tolerant to up to 50 ppm of CO [5],
while Pt–Ru supported on defect-free carbon nano-tubes has been

reported capable to tolerate up to 100 ppm of CO [6].

For the hydrogen produced from SMR  to be utilized in PEM fuel
cells, care must, therefore, be paid towards decreasing its CO con-
tent prior to entering the fuel cell stack. Typically, the first step

dx.doi.org/10.1016/j.memsci.2011.10.053
http://www.sciencedirect.com/science/journal/03767388
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nvolves utilizing the water gas shift (WGS) reaction (see below)
n tandem with the SMR  in order to react the CO in the reformate

ixture and to produce additional H2.

O + H2O → CO2 + H2 (2)

Conventional WGS  reactors can attain high CO conversions, but
ot to the degree required to prevent CO-induced PEM fuel cell
tack performance degradation. This, then, means that following
he H2/CO2 separation step (e.g., via pressure swing adsorption
PSA)) an additional CO removal step must be implemented involv-
ng either the catalytic oxidation of CO (this is known as preferential
xidation or PROX, Eq. (3)) or methanation (Eq. (4))  in order to
educe the CO level into the acceptable fuel cell operational range.

CO + O2 → 2CO2 (3)

O + 3H2 → CH4 + H2O (4)

Both approaches, unfortunately, end-up consuming part of the
2 (since in the presence of oxygen some catalytic oxidation of

he hydrogen is unavoidable). Methanation offers more simplicity
han PROX, since no oxygen needs to be added to the reactor. On
he other hand, it typically results in higher hydrogen consumption
or the same CO conversion. For either process, the lower the CO
ontent is, the less hydrogen is consumed and the more efficient
he process is. Therefore, it is highly desirable to be able to pro-
uce either pure H2 or a H2 product with an acceptable CO content,
hich does not require sacrificing part of hydrogen, during further
urification, and increasing process complexity.

The above conventional SMR  + WGS  + PSA + PROX (or metha-
ation) system is one of significant complexity. To add to this
omplexity, since WGS  is an equilibrium-limited reaction, usu-
lly two reactors are utilized: one operating at high temperatures
high-temperature shift or HTS), and the other at low temperatures
low-temperature shift or LTS) in order to maximize the CO con-
ersion. In order to improve process efficiency and to minimize
ystem complexity, membrane reactors (MR) are employed for the

GS  reaction. These reactors combine reaction and separation in
ne unit, and in the context of their application to pure hydrogen
roduction provide many advantages. By removing hydrogen from
he reactor, for example, conversion increases and less steam is
equired. CO2 is separated in the reject side at high pressure, thus
liminating the need for using a separate PSA unit. With highly
ermselective membranes the need for using a separate PROX or
ethanation step may  be completely eliminated, but even for less

ermselective membranes the overall system efficiency for the
ROX (or the methanation) step improves, and hydrogen loss is
inimized. Even the use of inexpensive, low-pressure steam as

 sweep for the permeate side of these WGS-MR may  provide an
dvantage, as it generates a pre-humidified H2 product as a feed,
hich is a requirement for many PEM fuel cell stack applications.

Membrane reactors have been used for both the SMR  [7,8] and
he WGS  reactions [9–17] for H2 production. Due to the high pro-
ess temperatures required, metal membranes like Pd and its alloys
9–13], inorganic membranes like microporous silica [14], and
arbon molecular sieve (CMS) membranes [15–17] have all been
tilized. CMS  membranes provide a great advantage for the WGS
pplication in the context of integrated gas combined cycle (IGCC)
pplications for coal and biomass, as they are very robust to the
arious impurities (e.g., H2S, NH3, tar, etc.) one, typically, encoun-
ers in such systems. These impurities are highly detrimental to
he mechanical stability of the metal membranes. Pd and Pd-alloy

embranes are, however, well-suited for high-purity hydrogen

roduction via the use of SMR  for fuel cell applications, due to their
ery high (in principle, infinite) selectivity towards hydrogen. As a
esult, a number of groups have investigated their application for
ydrogen production. Jansen et al. [18], for example, performed a
e Science 390– 391 (2012) 32– 42 33

techno-economic analysis of two process schemes involving the
use of Pd membrane reactors integrated in natural gas-based com-
bined power generation cycles. These include (a) a process utilizing
a WGS, and (b) one utilizing an SMR  membrane reactor. The cycle
involving the use of the WGS  membrane reactor proved to provide
higher efficiency and lower capital cost. Jansen et al. [18] attributed
this to the fact that the typical feed to an SMR  unit contains methane
and steam, with little or no H2 being present. The WGS  feed, on the
other hand, contains considerable amounts of H2, which are pro-
duced during the SMR  reaction. Thus, when using the Pd membrane
for the WGS  step, since the driving force for H2 transport across
the membrane is higher, less membrane area is required. Jansen
et al. [18] also note that SMR  reactors, typically, operate at much
higher temperatures when compared to their WGS  counterparts.
High temperature has a negative impact on Pd membrane stabil-
ity due to accelerated membrane degradation; to counteract this
impact one may  have to utilize thicker membranes, thus increas-
ing the membrane cost, but more importantly also reducing the H2
flux.

A number of researchers have studied the use of Pd membranes
for the WGS  reaction. Basile et al. [9] used Pd and Pd/Ag mem-
branes for the WGS  reaction, and reported conversion values higher
than thermodynamic equilibrium. They used a model WGS  feed to
their reactor which contained no inerts or other reaction products
one would normally expect to find in a typical reformate mixture,
and for simplicity they utilized nitrogen as sweep. Iyoha et al. [10]
performed the WGS  reaction in the absence of any catalyst at a tem-
perature of 900 ◦C and an operating pressure of 2.41 bar making use
of Pd and Pd-alloy (80 wt% Pd–20 wt%  Cu) tubular membranes. The
high rate of hydrogen extraction through the Pd-based membranes
resulted in increasing the carbon monoxide conversion to 93%. The
conversion decreased from 93% to 66% and hydrogen recovery from
90% to 85% when the Pd membranes were replaced with the Pd–Cu
ones, which Iyoha et al. [10] attributed to the lower permeance of
the Pd–Cu alloy membranes. Though the study of Iyoha et al. [10]
provides the advantage of not needing to use a catalyst, the long-
term mechanical stability of these materials at these extremely high
temperatures raises concerns.

Bi et al. [11] used a Pt/Ce0.6Zr0.4O2 HTS catalyst with a highly
H2-permeable and selective Pd/ceramic composite membrane in
a WGS  membrane reactor, 4.9 cm in length and 1.4 cm in diame-
ter. Unlike the previous studies, Bi et al. [11] utilized a simulated
reformate mixture (45.3% H2, 11.8% CO, 34.4% H2O, 7.4% CO, 1.1%
CH4). The system provided CO conversions above thermodynamic
equilibrium at T = 350 ◦C, P = 12 bar and H2O/CO = 3, and showed a
sharp decline in H2 recovery with increasing gas hourly space veloc-
ity under these conditions. The highest reported H2 purity by the
system was  99.7%. Interestingly, though their catalyst had a sub-
stantial methanation activity under packed-bed reactor conditions
(especially in comparison with the more conventional Fe–Cr HTS
catalyst), its methanation activity significantly diminished in the
MR (this is consistent with the findings of this study, whereby very
little if any methanation activity is observed during MR  operation).

Mendes et al. [12] recently studied the performance of a Pd–Ag
membrane reactor for the WGS  reaction using a Cu–Zn LTS catalyst.
A dense metallic permeator tube (5 cm in length, and 1 cm in inter-
nal diameter) was assembled from a commercial flat sheet of Pd–Ag.
The catalyst was  packed in the membrane lumen. A simulated refor-
mate feed composition (4.7% CO, 34.78% H2O,  28.70% H2, 10.16%
CO2, balanced with N2) was utilized. The MR  performance was
evaluated in terms of CO conversion and H2 recovery at different
experimental conditions, e.g., different temperatures (200–300 ◦C),

pressures (1–4 bar), and using either vacuum (30 mbar) or N2 as a
sweep stream. The MR  delivered CO conversions above the thermo-
dynamic equilibrium in most of the cases, but hydrogen recoveries
were rather low (except in the case of using vacuum). No data were
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ig. 1. SEM cross-section of the Pd layer deposited on the alumina support using
he  ELP method.

resented for the permselectivity of the membrane or for the purity
f the hydrogen product.

Though some preliminary work on the use of Pd membranes for
he WGS  reaction has already been presented, most of the studies
o date (with a couple of notable exceptions) have utilized pure
eeds and not the typical reformate compositions, which in addi-
ion to CO contain substantial amounts of H2 and CO2. In addition,
ypically, vacuum or inert gas is utilized as the sweep, which is
nlikely to be the case in the commercial case as it will entail
ubstantial additional costs for recompression (when using high
acuum) or purification of the hydrogen product (when using nitro-
en as the sweep). The membranes, furthermore, were of a small
aboratory size. In this study, we investigate instead the use of
commercial-scale” Pd membranes, prepared via electroless plating
ELP) on 0.05 �m pore size asymmetric tubular Media and Pro-
ess Technology, Inc. (M&P) commercial ceramic substrates (Fig. 1
hows a typical SEM cross-section of the Pd membranes prepared
y our team). Realistic feeds with a simulated reformate composi-
ion are being used in our study, together with steam as a sweep.
he membrane reactor performance is investigated at different feed
ressures and flow rates, and steam sweep ratios. The experimental
esults are compared with the simulation results from a mathe-
atical model. The model is further used to study the effect of

xperimental conditions on CO conversion, H2 recovery and purity
f the hydrogen product.

. Experimental procedure

A schematic of the experimental set-up used in this study is
hown in Fig. 2. A tubular Pd membrane (L = 762 mm,  ID = 3.5 mm,
D = 5.7 mm),  is utilized which is prepared by depositing a thin
d layer via the ELP technique on a 0.05 �m pore size asymmet-
ic, tubular mesoporous commercial M&P  alumina support. During
reparation, the M&P  porous �-Al2O3 tubes are cut into the appro-
riate length, rinsed and dried. The activation and Pd deposition
rocedure follows the conventional technique previously described
n the technical literature [19]. In short, the tubes are activated by
ipping them into the Pd acetate solution for 1 min, and then dried
nd calcined. The substrate, thus activated, is then plated at room
emperature by immersing it in the electroless Pd plating bath with
e Science 390– 391 (2012) 32– 42

the composition as described in [19]. As expected, the thickness of
the Pd layer is dependent on the time of deposition, being ∼3 �m for
the membranes used in this study. Upon completion of the electro-
plating step, the supported membranes are rinsed in distilled water
overnight, and are then dried, to be ready for use. The supported
Pd membrane is inserted inside a stainless steel (SS) reactor and
sealed with the aid of O-rings and compression fittings. Graphite O-
rings are used for sealing both ends of the membrane, along with SS
washers/shims as back-stops to prevent the graphite from extrud-
ing into the catalyst bed. A schematic illustration of the membrane
module is also shown in Fig. 2.

A commercial, low-temperature Cu–Zn/Al2O3 (44% CuO, 44%
ZnO, balance Al2O3) catalyst is utilized. The catalyst particles are
crushed into smaller pieces, and a fraction of the particles with
sizes in the range of 600–800 �m is selected, using sieving trays;
they are then mixed with crushed quartz particles (in the same size
range) and loaded into the annular space in between the membrane
and the reactor wall. The reason for diluting the catalyst with inert
quartz particles is so that the reactor volume is completely filled
(to avoid flow channeling), but also in order to assure isothermality
along the reactor length.

The reactor is heated by means of a six-zone furnace, using six
temperature controllers connected to six thermocouples installed
at different locations along the length of the bed. To verify reactor
isothermality, an additional thermo-well is installed in the catalyst
bed, and is used to monitor the temperature along the length of
the reactor with the aid of a sliding thermocouple. Reactor feeds
with compositions simulating those at the exit of a reformer (e.g.,
containing H2, CO, CO2 and CH4) are prepared using mass flow
controllers. The steam flows for the reactant feed and the sweep
streams are provided by steam generators; these are SS vessels
packed with quartz beads in order to accelerate water evapora-
tion, and to dampen out any fluctuations in the flow of the steam.
The steam generators are wrapped with heating tapes and insu-
lated, and during operation their temperatures are controlled via
the use of individual temperature controllers. Controlled flows of
water into the steam generating units are provided by syringe
pumps. All lines (including the feed, sweep, reject and permeate),
are heat-traced via the use of heating tapes and insulation. In order
to monitor the pressure, gauges are installed in all the lines. Nee-
dle valves are utilized in the reject and permeate lines in order to
adjust and to control the pressure.

During the membrane reactor experiments, the reactant feed
is preheated to the reactor temperature and directed towards the
catalyst bed, where the WGS  reaction takes place. Steam, used as
a sweep, is directed towards the membrane permeate side. The
gas that transports through the Pd membrane (H2) passes through
the membrane and exits the reactor through the permeate line,
while unreacted gases and other products (CO2) exit through the
reject side. Upon exiting the reactor, permeate and reject streams
pass first through condensers, and then through the moisture traps
in order to remove any water that remains. The flow rates of the
water-free streams are then measured using bubble flow-meters.
Small slip-streams from both the permeate and reject streams are
directed towards a gas chromatograph, where their compositions
are measured. Single-gas permeation measurements are carried
out before the initiation of the MR  experiments in order to char-
acterize the membrane transport characteristics, as well as after
the experiments are completed in order to validate the membrane
stability. No sweep gas is utilized in these experiments.
3. Mathematical model

An isothermal co-current membrane reactor model, previously
developed by our group [20], is used to describe the reactor
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Fig. 2. The experimental se

erformance. Hydrogen transport through the Pd membrane is
escribed with the following empirical equation:

H2 = UH2 ((PF
H2

)
n − (PP

H2
)
n
) (5)

here FH2 is the H2 molar flux (mol/m2 h), PF
H2

(bar) the H2 partial

ressure in the feed side, Pp
H2

(bar) the H2 partial pressure in the

ermeate side, n the pressure exponent, and UH2 (mol/m2 h barn)
he H2 permeance.

Ideally, Pd membranes would allow only hydrogen to permeate
hrough. In reality, often small cracks and defects develop which
ermit small amounts of other gases to permeate through. In the

odel, membrane mass transport for species other than H2 is

escribed as follows:

j = Uj(P
F
j − PP

j ) (6)
nd the membrane module.

where Fj is the molar flux for component j (mol/m2 h), PF
j

(bar)

the partial pressure for component j in the feed side, PP
j

(bar)
the partial pressure for component j in the permeate side, and Uj
(mol/m2 h bar) the permeance for component j.

H2 mass balances in the feed and permeate sides are described
by Eqs. (7) and (8),  respectively.

dnF
H2

dV
= −˛mUH2 ((PF

H2
)
n − (PP

H2
)
n
) + (1 − εv)ˇc�crF (7)

dnp
H2 = ˛mUH2 ((PF

H2
)
n − (PP

H2
)
n
) (8)
dV

where nF
H2

is the H2 molar flow rate (mol/h) in the feed side, nP
H2

the
corresponding molar flow rate (mol/h) in the permeate side, V the
reactor volume variable (m3), ˛m the surface area of the membrane
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Table  1
Pressure-dependence of hydrogen transfer through palladium and palladium-alloy membranes.

Membrane Temperature (◦C) Synthesis method Pd layer thickness (�m) Pressure exponent (n) Ref.

Pd 350 – 24–154 0.68 [22]
Pd 350–900 Punching circular disks out of a 1-mm

thick palladium sheet
1000 0.5–0.62 [23]

Pd/Al2O3 300–500 Metal-organic chemical vapor deposition 2 1 [24]
Pd/Al2O3 450 Electroless plating 5–8 1 [25]
Pd/Al2O3 250–450 Electroless plating 5–8 0.75 [26]
Pd–Ag  350 Electron beam evaporation of Ag on

commercial Pd foil
25 1 [27]

Pd–Ag/Al2O3 400 Electroless plating 20 0.76 [28]
Pd–Ag/Al2O3 350–500 Electroless plating 8.6 0.5 [29]
Pd–Ag/glass 200–400 Magnetron sputtering of Pd–Ag on glass 6.8 0.5 [30]
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350–450 Electroless plating 

er unit reactor volume (m2/m3), εv the bed porosity in the feed
ide, ˇc the fraction of the solid volume occupied by the catalysts, �c

he catalyst density (g/m3), and rF the WGS  reaction rate (mol/g h).
Mass balances for components other than H2 in the feed and

ermeate sides are described by Eqs. (9) and (10), respectively.

dnF
j

dV
= −˛mUj(P

F
j − PP

j ) + vj(1 − εv)ˇc�crF (9)

dnP
j

dV
= ˛m Uj(P

F
j − PP

j ) (10)

here nF
j

is the molar flow rate (mol/h) for component j in the feed

ide, nP
j

the corresponding molar flow rate (mol/h) in the perme-
te side, and �j is the stoichiometric coefficient for component j,
egative for reactants and positive for products.

The pressure drop in the packed-bed is calculated using the
rgun equation (Eqs. (11)–(13), below).

dPF

dV
= 10−6 f (GF )

2

AF gcdp�F
(11)

 =
⌊

1 − ε�

ε3
�

⌋⌊
1.75 + 150(1 − ε�)

NF
Re

⌋
(12)

F
Re

= dpGF

�F
(13)

here PF is the feed-side pressure (bar), AF the cross-sectional area
vailable to flow for the reactor feed side (m2), �F the viscosity
g/m h), dp the particle diameter in the feed side (m), GF = �F �F , the
uperficial mass flow velocity in the feed side (g/m2 h), uF the aver-
ge velocity of the fluid (m/h), �F the average fluid density (g/m3),
nd gc the gravity conversion factor.

The above set of equations are solved numerically together with
he following boundary conditions (Eq. (14)):

t V = 0 : nF
j = nF

j0, nP
j = nP

j0, PF = PF
0 , PP = PP

0 (14)

here PF
0 is the inlet feed-side pressure (bar), PP

0 is the inlet
ermeate-side pressure (bar) and nj0 is the inlet molar flow rate for
omponent j (mol/h). Finally, Eqs. (15) and (16) are used to calculate
he CO conversion and H2 recovery, as follows:

CO =
nF

COo − (nF
CO,exit

+ nP
CO,exit

)

nF
COo

(15)

nP
H2,exit
eH2 =

(nF
H2,exit

+ nP
H2,exit

)
(16)

here nF
COo is the CO molar flow rate at the inlet (mol/h), nF

CO,exit
he CO molar flow rate at the exit of the reactor’s feed side (mol/h),
1–11 0.52–1 [31]

nP
CO,exit

the CO molar flow rates at the exit of the reactor’s permeate

side (mol/h), nF
H2,exit

the hydrogen molar flow rate at the exit of the

reactor’s feed side (mol/h), and nP
H2,exit

is the hydrogen molar flow

rate at the exit of the reactor’s permeate side (mol/h) (inherent in
Eq. (15) is the assumption that the steam sweep in the permeate
side contains no CO impurities).

4. Results and discussion

4.1. Membrane characterization

As noted previously, hydrogen transport through Pd and Pd-
alloy membranes is commonly described by Eq. (5).  The mechanism
of hydrogen transport through Pd membranes is thought to involve
the dissociative adsorption of hydrogen on the Pd surface on the
feed-side, its diffusion through the metallic lattice, and recombina-
tion of the hydrogen atoms and desorption of hydrogen from the
membrane surface on the permeate-side. In practical situations,
external gas-phase mass transfer limitations as well transport lim-
itations through the porous support, and diffusion and Poiseuille
flow through membrane pinholes and cracks may  also substan-
tially affect H2 permeation through composite Pd membranes [21];
the presence of various surface impurities that affect hydrogen
adsorption/desorption on the Pd surface may  also impact hydro-
gen permeation. For a clean, defect-free, thick Pd membrane at
high temperatures (>300 ◦C), diffusion through the bulk metal is
likely to be the rate limiting step, and the pressure exponent n = 0.5
(Eq. (5) is then known as Sievert’s law). However, for composite
membranes prepared by depositing thin Pd films (<10 �m thick) on
porous supports (as the membranes in this study), external mass
transfer through the support layer can provide substantial added
resistance to H2 transport. The presence of impurities on the mem-
brane surface and at the grain boundaries (as well mass transport
through unavoidable defects) may  also have substantial effects. In
such instances, the n value ranges from 0.5 to 1, and should be
obtained experimentally. Table 1, summarizes selected literature
data on the pressure-dependence of hydrogen transport through
Pd and Pd-alloy membranes [22–31].  As seen in the table, some
studies report n values >0.5 even for membranes with thicknesses
larger than 10 �m [22,23,27,28],  and in one study for membranes
as thick as 1 mm [23]. On the other end of the spectrum, other stud-
ies report n values equal to 0.5 for membranes which are thinner
than 10 �m [29,30]. Clearly, the synthesis method which affects the
physical and chemical structure of the final Pd membrane film has

also a strong effect on the value of the exponent n.

Our group has extensively investigated the hydrogen transport
through the ultra-long, ultra-thin Pd membranes, prepared by the
electroless plating technique that are used in this study [25,26].
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H2:CO:CO2:CH4 = 5.22:1:0.48:0.1. The third feed composition
(Feed 3) is H2:CO:CO2:CH4:H2O = 6.12:0.1:1.38:0.1:1.9 corre-
sponding to 90% CO conversion of the original composition (Feed
1). For each series of experiments the membrane was kept in the
Fig. 3. Flux of hydrogen as a fu

ur results indicate that, depending on the preparation conditions,
2 transport through our Pd membranes obeys Eq. (5),  with the
xponent n ranging from 0.75 to 1. Fig. 3 shows single-gas H2 per-
eation data at T = 300 ◦C with one of the supported Pd membranes,

repared under identical conditions with the membrane used in
he membrane reactor experiments in this study. The membrane
ermeation data are described well by Eq. (5),  with the pressure
xponent n = 0.96. Transport of gases, other than hydrogen, through
ur Pd membranes were found experimentally to obey Eq. (6) (i.e.,
he permeability is independent of pressure). During membrane
ynthesis, large defects and cracks sometimes develop that may
esult in convective flows; however, we have found their impact on
erformance to be so severe that such membranes are not selected
or further study. The experimentally measured single-gas perme-
nces of the membrane utilized in the MR  experiments are shown
n Table 3.

CO is known to affect H2 permeation through Pd and Pd-alloy
embranes through its competitive adsorption on the membrane

urface, especially at lower temperatures, which favor its adsorp-
ion [27]. For example, for a feed consisting of CO and H2, almost
o H2 permeation was reported in Pd membranes at temperatures
elow 150 ◦C [27]. For temperatures of 300 ◦C and above, however,
he literature data are not in complete agreement. Some of the
tudies have shown that CO has almost no effect on the hydro-
en permeation [27], while other studies report a decline in the
ydrogen flux due to the presence of CO [32]. A direct compari-
on is unfortunately difficult to attain, as the membrane synthesis
ethod and experimental conditions used (e.g., temperature, pres-

ure, and feed composition) vary widely among the various studies.
We  have, ourselves, studied experimentally the effect of CO on

he H2 permeation rate through our Pd membranes at the condi-
ions utilized in this study. In a series of experiments (with the

embrane used in the MR  experiments), the hydrogen flux through
he membrane was first measured (at 2.02 bar and 300 ◦C) in a
owing pure hydrogen stream (6 mol/h), prior to exposing the
embrane to CO. Then, the membrane was exposed to a flowing

ure CO stream (at P = 1.01 bar and T = 300 ◦C) for different periods
f time, ranging from 30 min  to 5 h. Following exposure to CO, the
eed was then switched back to pure hydrogen (same flow rate of

 mol/h, at 2.02 bar), with the membrane temperature staying at
00 ◦C; the hydrogen permeation rate was then immediately mea-
ured (within 5 min  from the gas atmosphere switch). Fig. 4 shows
he experimental results in terms of the normalized H2 flux (defined

s the ratio of the hydrogen flux immediately measured after mem-
rane exposure to CO, to the starting membrane H2 flux). As shown

n Fig. 4, there are no systematic trends in the data pointing to inhi-
ition due to exposure to CO. The maximum difference between
n of (PF )n − (PP )n at T = 300 ◦C.

the hydrogen flux of the fresh membrane and the flux measured
after the membrane had been exposed to CO is 7.1%. Note, how-
ever, that for longer periods of exposure to CO (3 and 5 h) there
are virtually no changes in the hydrogen flux upon exposure to CO.
One can conclude from these observations that CO adsorbs rather
weakly at 300 ◦C on the particular Pd membrane used in this study,
consistent with prior literature data.

We also include here additional experimental data (at 300 ◦C
and 3.08 bar) with a Pd membrane prepared under identical condi-
tions with that in Fig. 4 (this membrane is shorter, 25.4 cm long, and
its hydrogen permeance is 20% less than the membrane in Fig. 4,
still however, within an acceptable quality tolerance for the syn-
thesis of such membranes). In these experiments, the membrane is
exposed to different mixed-gas, reformate-type feed compositions
under sufficiently high feed flow conditions for which the partial
hydrogen pressure difference between the feed and permeate
sides at the exit of the membrane module is substantially non-zero
(note that this is important for these high-flux membranes to avoid
data falsification due to the fact that otherwise a large fraction
of the membrane area may  not be active in transport). Three dif-
ferent feed compositions were tested. The first feed composition
(hereinafter referred to as Feed 1) corresponds to the reformate
gas mixture used in the MR experiments (see further discussion
to follow), namely H2:CO:CO2:CH4:H2O = 5.22:1:0.48:0.1:2.8. The
second composition (Feed 2) is the same composition but on
a “dry basis”, that is without any water being present, namely
Fig. 4. Effect of CO on the membrane H2 permeation rate.
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Table  2
Hydrogen permeance and selectivity of alumina supported palladium or palladium-alloy membranes prepared using the ELP method.

Membrane Thickness (�m) T (◦C) H2 permeance (mol/m2 s bar) Separation factor Ref.

Pd/�-Al2O3 6 480 0.260 2100 (H2/Ar) [34]
Pd/�-Al2O3 packed with

yttria-stabilized
zirconia

5 450 0.125 – [35]

Pd/�-Al2O3 5 507 0.126 600 (H2/N2) [35]
Pd88Ag12/�-Al2O3 11 550 

Pd/�-Al2O3 2.6 370 

Pd/silicalite-1 zeolite 5 500
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Fig. 5. Normalized H2 permeance for various feeds; Bar 1 for Feed 1, Bar 2 for Feed 2,
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tions for an expanded range of pressures, temperatures, and feed

T
S

ar 3 for Feed 3, and Bar 4 for single-gas H2 permeance measured after the mixed-gas
xperiments were completed.

orresponding feed composition for at least 4 h before measuring
he flow rates and compositions of the reject and permeate sides.
he mixed-gas hydrogen permeance was then calculated by fitting
he experimental data using Eqs. (7) and (8) (without the reaction
erm), and compared with the single-gas permeance for hydrogen

easured before and after the experiments. Fig. 5 shows the
xperimental results in terms of the normalized H2 permeance
defined as the ratio of the mixed-gas hydrogen permeance divided
y the starting single-gas H2 peremance). Again, no systematic
rends are observed pointing out any detrimental effects (at these
elatively high temperatures and low total pressures) that relate
o the presence of CO (or any other reformate mixture component)
n the hydrogen permeance. The maximum difference between
he single-gas and mixed-gas hydrogen permeance is less than 8%,
nd to repeat we observe no systematic trends.

As mentioned above, for a perfect, defect-free Pd membrane,
nly atomic hydrogen permeates through the Pd metal lattice, with
ll other gases found in the reformate mixture having negligible
olubility and diffusivity; perfect Pd membranes, therefore, should
n principle have nearly infinite selectivity towards H2. That they

o not, is indicative of the fact that other gases permeate through
efects and metal lattice imperfections, that are often unavoid-
ble during the preparation of ultra-thin layer Pd membranes. The

able 3
ingle-gas permeances measured at 300 ◦C and calculated separation factors for the Pd m

Gas Before MR  exp. 

Permenace (mol/m2 s bar) Separation factor 

H2 0.222a 1 

CO  8.805E−05 2526 

CO2 7.068E−05 3147 

Ar 8.433E−05  2638 

N2 8.185E−05 2718
CH4 – – 

a The unit for H2 permeance is (mol/m2 s bar0.96).
0.121 2000 (H2/N2) [36]
0.048 3000 (H2/N2) [37]
0.180 1300 (H2/N2) [38]

hydrogen permeance and selectivity are then two important indi-
cators of the quality of the resulting Pd membranes. Yun and Oyama
[33] recently reviewed the performance of Pd and Pd-alloy mem-
branes (prepared via different fabrication methods such as ELP,
chemical vapor deposition (CVD), and conventional electroplating
(EPD)) in hydrogen separation. They concluded [33] that Pd mem-
branes prepared by the ELP technique are the most promising for
practical applications, since ELP allows for easy preparation using
simple equipment and various types of supports. Table 2 summa-
rizes the recently published gas separation properties of Pd and
Pd-alloy composite membranes prepared by the ELP method, as
are the supported membranes used in this study.

Table 3 shows the measured single-gas permeances and cal-
culated separation factors at a temperature of 300 ◦C for the Pd
membrane utilized in the MR  experiments, measured first before
the experiments were started and then again after the experiments
were completed, during which time the membrane had stayed for
more than one month (5 weeks) on stream. As Table 3 indicates, the
membrane under study possesses a very high hydrogen permeance
(see Table 2 for comparison) and selectivity towards the other gases
found in the reformate mixture, which is the feed for the WGS  reac-
tor. Comparing the hydrogen permeation rates measured before
and after the MR  experiments, there is a small difference between
the hydrogen permeance values measured (∼6% decrease), indica-
tive perhaps of small changes occurring on the surface or in the
bulk of the metal, most likely due to accumulation of carbon (and/or
some yet to be identified impurity) on the membrane surface. The
permeation rates of the other gases remained virtually unchanged,
indicating that no additional cracks or pinholes were formed as a
result of the exposure of the Pd membranes to the WGS  environ-
ment. These results, therefore, look very promising in terms of long
term membrane usage for WGS  reaction.

4.2. Reactor studies

A commercial Cu/Zn-based supported LTS catalyst has been used
in this study. This type of catalyst has been extensively utilized
for the low temperature WGS  reaction. Extensive kinetic investiga-
compositions with a Cu–Zn supported catalyst of a very similar
composition were previously carried out by our group [16]. A reac-
tion rate expression consistent with a Hougen–Watson type surface

embrane before and after the MR experiments.

After MR exp.

Permenace (mol/m2 s bar) Separation factor

0.208a 1
8.681E−05 2398
7.192E−05 2894
7.937E−05 2623

8.557E−05 2433
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Table  4
Hougen–Watson rate parameters [16].

E 30.387 (kJ/mol)
k  48.16 (mol/g s bar2)

�H  (kJ/mol) k0 (bar−1)

KH2 −12 0.0178
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KH2 −2.42 0.005
KCO2 −28 0.0410
KCO −0.86 0.0303

echanism was developed (Eqs. (17) and (18), below), where the
arious rate parameters are summarized in Table 4.

 = kPCOPH2O(1 − ˇ)

(1 + KH2 PH2 + KCO2 PCO2 + KCOPCO + KH2OPH2O)2
(17)

 = 1
Keq

(PCO2 PH2 )
(PCOPH2O)

(18)

This rate expression also satisfactorily describes the packed-bed
xperimental data derived with the catalyst used in this study, as
ig. 6 indicates. Before using in the reactor experiments, the catalyst
as activated by passing through the catalyst bed N2, as carrier gas,

ontaining hydrogen at compositions and temperatures as recom-
ended by the catalyst manufacturer. The role of hydrogen during

he activation process is reducing the copper oxide in the fresh cat-
lyst to copper metal. The activation is complete when the inlet and
utlet H2 concentrations are the same, meaning that the catalyst no
onger adsorbs any hydrogen.

Membrane reactor experiments were carried out using the
xperimental system shown in Fig. 2, utilizing a “commercial size”
upported Pd membrane (L = 762 mm,  ID = 3.5 mm,  OD = 5.7 mm),
hose transport characteristics are shown in Table 3. As noted

bove, the majority of the past studies utilizing Pd membrane
eactors for the WGS  reaction have used feed compositions very
ifferent from what are used industrially. In this study, the
eed gas consists of all the species potentially present in the
tream exiting the SMR  reactor upstream of the WGS  reactors.
or the membrane reactor experimental data presented here,
n particular, the feed had the following composition (in molar
atios) H2:CO:CO2:CH4:H2O = 5.22:1:0.48:0.1:2.8, which is cho-
en to match the calculated equilibrium composition from an

MR  reactor operating at a H2O/CH4 = 3, T = 850 ◦C and P = 10 bar.
or the membrane reactor experiments, 30 g of the commer-
ial Cu–Zn/Al2O3 catalyst were diluted with ground quartz glass
enough to fill the reactor volume) and packed in the membrane

ig. 6. Measured vs.  fitted CO conversion data using the Hougen–Watson rate
xpression [16].
Fig. 7. Effect of pressure on (a) CO conversion and (b) H2 recovery, T = 300 ◦C and
SR  = 0.3.

shell-side (the annular volume in between the membrane and the
reactor shell). The reactor was maintained under isothermal con-
ditions, and the permeate side was  maintained under atmospheric
pressure conditions. Steam was  utilized as the sweep gas stream.

In the experiments, the effect of varying the feed-side (reactor)
pressure and permeate-side sweep ratio (SR = ratio of inlet steam
molar flow rate in the permeate side to the inlet molar feed flow
rate in the feed-side) on reactor conversion (Eq. (15)) and recovery
(Eq. (16)) are studied. Fig. 7a and b shows the CO conversion and
H2 recovery as a function of Wc/nF

COo (weight of undiluted cata-
lyst (g) over the feed molar flow rate of CO (mol/h)), at T = 300 ◦C
and SR = 0.3 for two different operating pressures namely 3.08 and
4.46 bar (the error bars reflect carbon and hydrogen loss or gain
due to experimental errors in measuring the flow rates and com-
positions, and/or possible carbon deposition). Shown in Fig. 7a is
also the equilibrium conversion based on the feed composition.
Clearly the removal of hydrogen from the reaction mixture has a
substantially beneficial effect on reactor conversion. Increasing the
Wc/nF

COo and the reactor pressure improves conversion and hydro-
gen recovery, as expected, with almost complete conversion and
hydrogen recovery in excess of 90% being attained. Fig. 8a and b
shows the CO conversion and H2 recovery as a function of Wc/nF

COo
for a temperature of 300 ◦C, a reactor pressure of 4.46 bar and three
different sweep ratios, namely SR = 0 (no sweep), SR = 0.1, SR = 0.3
(shown in Fig. 8a is also the calculated equilibrium conversion). As
shown in these two  figures, increasing the sweep ratio increases
both conversion (up to almost complete conversion) and recov-
ery (up to almost 90%), but the effect is stronger for the recovery.
Increasing the sweep ratio (as is the case with increasing the feed
pressure—see Fig. 7a and b) increases the hydrogen partial pressure

difference across the membrane, thus providing a higher driving
force for H2 to diffuse through the membrane. The use of sweep is
of particular value for the smaller, and industrially more relevant
Wc/nF

COo.
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Table  5
CO content of the MR H2 product (permeate side) at two different sets of the experimental conditions.

T = 300 ◦C, P = 4.46 bar no sweep T = 300 ◦C, P = 4.46 bar Wc/nF
COo

= 466 (g-cat h/mol-CO)

Wc/nF
COo

(g-cat. h/mol-CO) CO concentration (ppm) Sweep ratio (SR) CO concentration (ppm)

0.3 59
0.1 68
None 73
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Table 6
Measured and calculated CO conversion and H2 recovery for two sets of the experi-
mental conditions.

Wc/nF
COo

Conv. (exp.) Conv. (sim.) Rec. (exp.) Rec. (sim.)

T = 300 ◦C, P = 4.46 bar, SR = 0.3
266 99.7 98.6 88.9 90.3
466 73 

266 55 

186  41 

Another important indicator of good MR  performance is the
urity of the H2 product, since as noted above fuel cells are very vul-
erable to the presence of CO even in small quantities (ppm level).
able 5 shows the CO content of the H2 product from the mem-
rane reactor (the stream exiting the permeate side) for a number of
ifferent experiments. The CO concentration in the hydrogen prod-
ct for all experiments reported in Table 5 remains below 75 ppm,
hich may  be potentially acceptable for few types of PEM fuel cells,

s noted previously [6].  For the majority of the PEM fuel cell appli-
ations, however, for which CO concentrations below 50 ppm are
equired, the CO content can be decreased or completely eliminated
fficiently with a conventional method such as methanation effi-
iently, since the low (<75 ppm) CO content in the permeate side
tream implies that very little H2 is going to get consumed during
he CO methanation. Furthermore, the presence of trace amounts of
O2 as well implies that conventional (rather than highly selective)
ethanation catalysts need to be utilized.

.3. Scale-up
Due to limitations in terms of the membrane area and the range
f pressures that could be employed in our experimental system
t was not possible to completely explore, via experimentation,

ig. 8. Effect of sweep ratio (SR) on (a) CO conversion and (b) H2 recovery, T = 300 ◦C
nd  P = 4.46 bar.
T  = 300 ◦C, P = 4.46 bar, SR = 0.1
266 99.6 98.2 87.1 86.9

the full range of capabilities of Pd membrane reactors for the
WGS  reaction. Instead, in this study we  have made use of the
reaction rate expression in Eq. (17), and the measured single-
gas permeances (this based on the experimental observations that
mixed-gas permeances do not differ substantially form their single-
gas counterparts—see Figs. 4 and 5 and discussion therein) in
order to investigate, through simulations utilizing the mathemat-
ical model described above, the behavior of the WGS-MR system
for conditions more akin to the industrial ones (e.g., in terms of
pressure and feed flow rates). The model provides satisfactory
agreement with the experimental data, with satisfactory agree-
ment (maximum difference of 6% between the two), see Table 6, for
example, which presents measured and calculated CO conversions
and H2 recoveries for two  sets of experimental conditions.

Fig. 9 shows the effect of feed pressure on membrane reactor
conversion. Increasing reactor pressure has a significant effect on
conversion, especially at lower Wc/nF

COo, where it compensates for
the decrease in contact time between the gas species and the cat-
alyst due to the high flow rates (in these simulations Wc is kept
constant). These results are very promising, considering the fact
that high pressures (∼10 bar and higher) and low Wc/nF

COo (<10) are
the conditions which are currently applied industrially. Increasing
pressure has also the additional beneficial effect in that it increases
H2 recovery (Fig. 10)  by increasing the partial pressure difference
of H2 across the membrane.

Another very important factor determining good MR  perfor-
mance is the H2 purity, as previously noted. As Fig. 11 shows,
increasing pressure decreases the H purity due to the fact that it
2
provides a higher driving force for other species, in addition to H2,
to diffuse through the flaws of the membrane. The effect becomes
stronger at higher Wc/nF

COo where the flow rate is lower and the

Fig. 9. Effect of pressure on CO conversion, T = 300 ◦C and SR = 0.1.
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Fig. 10. Effect of pressure on H2 recovery, T = 300 ◦C and SR = 0.1.
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Fig. 11. Effect of pressure on H2 purity, T = 300 ◦C and SR = 0.1.

ontact time between the gas and the membrane is higher allow-
ng for a relatively larger fraction of CO to transport through the

embrane to the permeate side without undergoing reaction. The
urity of the hydrogen product for realistic pressures and Wc/Fco

s very high (above 99.9%), indicating that the use of Pd-MR for
ndustrially relevant conditions is, indeed, promising.

. Summary and conclusions

In this study, an ultra-thin, long, high-performance (in terms of
ts H2 permeance and selectivity) supported palladium membrane
s used in a membrane reactor system to produce pure hydrogen
hrough the use of the water-gas shift reaction from a gas stream
ith a simulated reformate composition. The membrane is charac-

erized using single-gas permeation measurements. A Cu–Zn/Al2O3
atalyst is utilized for the WGS  reaction. The system performance
s investigated under various experimental conditions, namely,
ifferent pressures, feed flow rates and sweep ratios. The best per-
ormance is obtained at T = 300 ◦C, P = 4.46 bar and the permeate
weep gas ratio = 0.3 with almost complete CO conversion and 90%
ydrogen recovery. The product hydrogen purity is always at more
han 99.9% with CO concentration of less than 100 ppm. A model
s used for further study of the design aspects of the system. It is
hown that the Pd membrane reactor system under study is capa-
le of delivering almost complete CO conversion and H2 recovery
t experimental conditions akin to the industrial applications. The
embrane exhibits good stability with only a 6% change in the H2

ermeance, and almost no change in the permeation rates of the

ther gases after being used in the reactor for more than a month
nder the WGS  environment. Hence, it is concluded that the Pd-
ased WGS-MR is, potentially, a promising system for hydrogen
roduction for fuel cell applications.
e Science 390– 391 (2012) 32– 42 41
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Nomenclature

AF cross-sectional area for the feed-side (m2)
dp particle diameter in the feed side (m)
f friction factor
Fj molar flux for component j (mol/m2 h)
FH2 molar flux for hydrogen (mol/m2 h)
gc gravity conversion factor
GF superficial mass flow velocity in the feed side

(g/m2 h)
ID inner diameter of the membrane (m)
k reaction rate constant (mol/g h bar2)
Keq equilibrium constant
L length of membrane (m)
n pressure exponent
nF

j
molar flow rate for component j in the feed side
(mol/h)

nF
H2

molar flow rate for hydrogen in the feed side (mol/h)

nP
j

molar flow rate for component j in the permeate side
(mol/h)

nP
H2

molar flow rate for hydrogen in the permeate side
(mol/h)

NF
Re Reynolds number for the feed-side

OD outer diameter of the membrane (m)
Pj partial pressure for component j (bar)
PF feed-side pressure (bar)
PF

j
partial pressure for component j in the feed-side
(bar)

PF
H2

partial pressure for hydrogen in the feed side (bar)

PP permeate side pressure (bar)
PP

j
partial pressure for component j  in the permeate
side (bar)

PP
H2

partial pressure for hydrogen in the permeate side
(bar)

r overall reaction rate expression (mol/g h)
ReH2 hydrogen recovery, defined by Eq. (16)

SR steam sweep gas ratio
(∑

nP
j0

/
∑

nF
j0

)
T temperature
uF superficial flow velocity on the feed side (m/h)
Uj membrane permeance for component j

(mol/m2 h bar)
UH2 H2 permeance (mol/m2 h barn)
V reactor volume variable (m3)
WC weight of the catalyst (g)
XCO carbon monoxide conversion, defined by Eq. (15)

Greek letters
˛m membrane area per feed side reactor volume

(m2/m3)
 ̌ equilibrium coefficient

ˇc fraction of solid volume occupied by catalyst
εv bed porosity in the feed side
�F viscosity of the fluid (g/m h)

�F average density of the fluid (g/m3)
�c catalyst density (g/m3)
�j stoichiometric coefficient for component j
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Subscripts
0 entrance condition
eq equilibrium
exit exit condition
j chemical species

Superscripts

R
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F feed (reactor) side
P permeate side
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